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Abstract

The development of improved substrate properties for catalytic combustion has been an area of much interest in recent
years. Towards this end, Precision Combustion Inc. has developed novel short channel length, high cell density substrates
(trademarked MicrolitR) and high surface area ceramic coatings for them. These substrates avoid substantial boundary layer
buildup and greatly enhance heat and mass transfer rates in reactors. The high cell density of these substrates results in higt
amount of the catalyst per unit of reactor volume. In this paper we examine the performance of these substrates coated with
precious metal catalysts for the catalytic combustion and reforming of methane.

Under fuel-lean operating conditions the surface temperature of Pd-based catalyst supported on®scrodittate and
the temperature of the gas exiting the reactor remain stabl8@Q@°C over a wide range of inlet conditions. This is attributed
to combination of enhanced transport properties and characteristics of Pd—PdO transformation. Preheating of the gas mixture
in the Microlith® reactor was sufficient to stabilize a downstream premixed flame with 8O, and UHC emissions in the
single digit ppm range.

Microlith® substrates were also examined for partial oxidation of methane under fuel-rich conditions. The enhanced trans-
port properties of the Microlith substrate allowed complete conversion of methane with surface temperature not exceeding
material limits at 93% selectivity to partial oxidation products. High flow rate of reactants result in extremely high power
densities and syngas output. The catalyst performance was observed to be stable over 500 h of operation.
© 2003 Elsevier B.V. All rights reserved.
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1. Introduction of energy stored in natural gas has been the subject
of much research both in academia and in industry.
Natural gas is an abundant and relatively clean fuel Methane, which is the principle component of natural
with reserves that will last well into the 21st century. gas, is one of the most difficult hydrocarbon molecules
Developing effective technologies for the utilization to oxidize [1]. Combustion of methane in homoge-
neous flames usually requires very high temperatures,
_ where high levels of NQare produced. Stabilization
* Corresponding author. Tel1-203-287-3700; of leaner, colder flame leads to drastic reduction in
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(M. Lyubovsky). jectives in development of combustion processes.
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Several technologies have been developed to achievetion of these catalysts beyond the few known chemical
this objective, namely dry low NO (DLN) and processes. On the other hand application of high sur-
catalytic combustion. However, DLN combustion face area washcoats and highly dispersed catalysts to
systems only guarantee below 10 ppm NéDnissions inexpensive metal wire screens provides a decisive de-
under limited operating range. It is well established crease in precious metal usage without compromising
that catalytic combustion can simultaneously achieve the high mass and heat transfer properties of the mesh
single digit NQ,, unburned hydrocarbons and CO substrates. This allows utilization of these catalytic
emissions for operation with natural gas by stabilizing systems in multiple applications including catalytic
flames at temperatures, where thermal ,Nfdoduc- combustion and fuel reforming.
tion is negligible. Lean premixed catalytic combustion
of methane has been extensively studied and previous
research has identified Pd-based catalysts as having2. Microlith® catalyst substrate technology
the highest activity for methane combustion under
these conditions. However, problems remain with the ~ Typical parameters for monolith and Microlfth
activity, stability, and durability of these systems. substrates are compared kilg. 1. The geometry of
Another challenge in natural gas utilization is trans- the Microlith® substrate provides about three times
portation from remote areas, where many large re- higher geometric surface area (GSA) for supporting
serves are found. Converting natural gas into higher active catalyst materials over reactors (i.e. mono-
hydrocarbons through gas-to-liquid (GTL) processes lith) with equivalent volume and open frontal area.
is considered to be an effective way of decreasing The greatest advantage of the Microfittsubstrate,
the transportation costs. In current GTL technologies though, comes from the difference in boundary layer
the first step in which methane is converted into syn- formation between a Microlith and a conventional
gas (mixture of CO and $J constitutes about 60% of monolith as illustrated irFig. 2 The predictions of
the overall cost. In recent years converting methane the boundary layer development inside a monolith
into syngas via catalytic partial oxidation has shown and a Microlitf® substrates were generated using
much promise. In this process, a fuel-rich mixture of FLUENT, a commercially available CFD package.
methane with air or oxygen is passed over a catalyst The predictions for monolith were made for a sample
at very high space velocity and is converted mainly with 70% open area and 400 cpsi, and for Micrdtith
into CO and H. However achieving high conversion for a set of three 50 mesh (20 cells per linear cm) wire
of methane with high selectivity to partial oxidation screens with wire diameter of {6n separated from
products at low catalyst temperatures has been a chal-each other by a distance of 6 wire diameters. For both
lenge for this process. cases hulk stream velocity was assumed at 6.1 m/s,
In order to address these challenges an effective cat-which corresponds to Reynolds numberdRef= 110
alytic system was developed through the use of high for the monolith andRe = 6.5 for the MicrolitH®. In
specific surface area (SSA) coatings on novel short calculating the Reynolds number for the Microfith
channel length, high cell density (Microlith sub- the wire mesh diametendy), was used as the char-
strates. This substrate technology comprises multiple acteristic length, as suggested by Sodre and Parise
metallic monoliths, having very small channel-length [2]. In both cases, a laminar flow solver was used as
to channel-diameter ratio, minimizing channel bound- suggested by the Reynolds numbeFsy. 2 shows
ary layer buildup and resulting in remarkably high the predictions of steady state axial velocities. To
heat and mass transfer coefficients compared to con-emphasize the difference in the boundary layer thick-
ventional monolith substrates. While noble metal ness between the two systems, bulk stream velocities
gauze catalysts are widely used in chemical indus- are not shown and any axial velocity over 3 m/s was
try, for example in ammonia oxidation for nitric acid clipped. ThusFig. 2 shows that the boundary layer
production, they are used in the form of bulk metal for a monolith substrate grows thicker as the length
wire catalysts. This results in low surface area (essen-increases, whereas for a Microfthsubstrate the
tially geometric area of the wire) and extremely high boundary layer growth is very small and exist over a
amount of precious metal loading and limits applica- very short distance.
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Fig. 1. Physical characteristics of conventional monolith and MiciBlisubstrates.

The heat and mass transfer coefficients dependgine exhaust after treatmef], trace contaminant
on the boundary layer thickness. For a conventional control,[4] and catalytic combustiofb].
long channel honeycomb monolith, a fully developed  Ullah et al.[6] have developed an experimental cor-
boundary layer will present over a considerable length relation between mass transfer coefficients and the ra-
of the catalytic surface, limiting the rate of reactant tio of channel length to channel diametér[d) for
transport to the active sites. The Microfttiechnol- ceramic monoliths by measuring mass transfer lim-
ogy replaces long channel monoliths with a series of ited conversion over monoliths of various lengths and
extremely short channel screens, each screen beeraveraging the mass transfer coefficieky) (over the
shorter than the entrance region for the monolith, thus length of the monolith (shown graphically irig. 3
avoiding substantial boundary layer build-up. The for a 350 cpsi ceramic monolith). An experimentally
effectiveness of the Microlith technology has been  derived correlation by Satterfield and Cor{@} for a
demonstrated in various applications such as IC en- short channel length monolith yields a mass transfer
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Fig. 2. CFD results of boundary layer formation for a conventional monolith and three Mi€talgments in series (6 m/s air at 43D).
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liths havel/D ratio much greater than 10, whereas
1009 Monolith Ke for Microlith® substrate this ratio is in the range of
80 - A Monolith Kc for 3in Channel 0:1—0.5. F_r_om thé-ig. 4 we observe that at gas tur-
g bine conditions (velocity> 30 m/s) reactors based on
g 60 @ SCL-HCD catalyst substrate Microlith® substrate have substantially higher over-
S all mass transfer coefficients than reactors based on
S 40 1 monolith substrate. The 3D plot suggests that, while
20 increasing the flow velocity over conventional mono-
lith substrates does provide some increase in mass
0 i i —— . transfer rate, a similar increase can be obtained over
0 20 40 60 80 100 120 the Microlith® substrate at much lower flow veloci-

L/d ties. The data also suggest that, the higher the veloc-
ity is, the greater is the difference between the mass
transfer coefficients for reactor based on monolith and
Microlith® substrate. Higher mass transfer coefficients
implies higher heat transfer coefficients. At a velocity
of 50 m/s, the correlation predicts mass transfer co-
efficient of 228 cm/s for Microlit® substratel(/D of
0.1) vs. 28 cm/s for conventional 1in. long monolith
substrate (/D of ~10).

Under mass transfer limited operation, conversion
X, over a catalyst of areA is

Fig. 3. Mass transfer coefficient comparison for Micrdhitsub-
strate and conventional monolitf6] (CO in air at 350C,
velocity = 1.6 m/s).

coefficient of approximately 100 cm/s under similar
conditions as shown ifig. 3

Fig. 4 shows a prediction of mass transfer coef-
ficients as function ofL/D ratio and flow velocity
for monolith with a channel diameter of 3mm. The
mass transfer coefficients are determined by using
Reynold's analogy between heat and mass transfer
coefficients and correlation given for heat transfer co- r=1— exp(—@) 1)
efficients in Shah and Lond¢8]. Conventional mono-

W 250-300
W 200-250
@ 150-200
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050-100

Fig. 4. Correlation between the channel length to diameter ratio, flow velocity, and the mass transfer coefficient between the gas and the
catalyst. Calculations are made for monolith with channel diameter of 0.125in.
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where Q is the volumetric flow ratekg the mass  Table 1
transfer coefficient and the total GSA. As discussed ~ Parameters for Thiele analysis
earlier Microlith® substrates have much higher mass parameter Microlith catalyst substrate Monolith (60 cell/&jn
transfe_r co_efﬂments_and frorEq. (1) we can see - (mis) 130 YT
that this will result in much higher conversion for A2 37 3.46
mass transfer limited reaction. Comparative tests of
propylene combustion under equivalent conditions
over a stack of MicrolitR elements having a length rate— kgAC
of 0.11 cm and a ceramic monolith having a length of "~ 1+kgA/(@D/L?)
2.54 cm were performed at P(9]. Equivalent con-
version of propylene over both systems was observed
under the mass transfer limited regime of operation,
which agrees well with estimates from the mass trans-
fer correlation of these substrates. Pressure drop for
these two reactors was also found to be equivalent.
The 20-fold decrease in reactor volume translates into
a significant decrease in precious metal loading for the
Microlith® reactor. The conversion per unit of sub-
strate surface area can be up to an order of magnitude@ = kn (4)
higher for the Microlitt® than for the conventional L
monolith substrate. As loading of the catalyst material wherekis the intrinsic reaction rate andhe effective-
per unit of surface area for these substrates is aboutness factor (equal to the observed reaction rate divided
the same, a Microlithi reactor would require ten times by the reaction rate that would prevail in the absence
less precious metal to provide similar conversion. of diffusion effects). The intrinsic reaction raltehas
Porous catalyst washcoats on the two substratesan exponential dependence on temperature, whereas
were modeled using the Thiele Model for intraparti- n ~ 1for® < 1. Therefore, the&-axis inFig. 5Swhich
cle diffusion[6], a bulk mass transfer rate based on is logarithmic in @D/L?) can be considered approxi-
the mass transfer coefficierk:] and a bulk gas phase mately linear in temperature.
concentratiorC of the reacting species. Note that this This analysis shows that enhanced transport prop-
analysis considered a differential reactor, G=2was erties of the Microlit!® substrate result in a delayed
assumed constant over the length of the reactor. While onset of mass transfer limited conversion compared
the actual application will utilize an integral reactor, to conventional long channel monolith reactors, and
the results from the differential reactor are illustrative higher conversion for equivalent pressure drop and a
in that they show the effect of mass transfer coeffi- fraction of the volume under mass transfer limited op-
cient on the observed reaction rate across a differential eration. The delayed onset of mass transfer limited

®3)

The parameters used to model the conventional mono-
lith and the MicrolittP substrates are shownTable 1

The results oEq. (3)for the Microlith® substrate and a
400 cpsi, 1in. monolith substrate are plottedrig. 5.

It can be seen iffFig. 5 that, the parametepD/L?
collapses data for different values of effective diffusiv-
ity D and washcoat thickness onto the same curve.
From the Thiele model:

section of reactor. From this analysis: conversion may be highly beneficial in catalytic com-
bustion applications, wherein it is necessary to keep

kgAC the reactor from running mass transfer limited, since
s 2 the adiabatic flame temperature is well above the ma-

T DD/ I - kA
(PD/L?) + kA terial limitations of the catalyst/substrate.

In order to capitalize on the inherent advantages
whereCs is the concentration of the reacting species of the Microlith® substrate high surface area (SSA)
i at the washcoat peripherg the modified Thiele washcoats have been developed by creating a porous
modulus,L a length parameter, in this case the wash- ceramic layer comprised of a ceramic powder and
coat thicknes® is the effective diffusivity of the gas  a ceramic binder which holds the powder together
molecules in the pores anél is GSA per reactor.  (washcoat cohesion) and the washcoat to the surface
Therefore, the observed rate of reaction per reactor is of the metal substrate (washcoat adhesion). Charac-
given by the following expression: teristics of the MicrolitfP geometry places stringent
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Fig. 5. Effect of mass transfer coefficient on observed reaction rdteis: the modified Thiele modulud) the effective diffusivity of
the gas molecules in the pores, andhe washcoat thicknes$lote: this analysis compares a conventional 60 cef/ampnolith with a
Microlith® substrate reactor less than 1/10th of the size.

requirements on the properties of the high surface on Microlith® substrate was surface area stability
area ceramic washcoat for these systems. Ceramicsat high operating temperatures. Many conventional
have lower thermal expansion coefficient than the washcoat materials have very high surface areas at
underlying metal, therefore elevated temperatures low temperature but sinter into much more dense
tend to put the ceramic coating under tension. This phases at high temperature. Presence of water vapor
expansion mismatch is further exacerbated with de- in combustion gas atmospheres also greatly acceler-
creasing radius of curvature. Because of the low ates the loss of surface area at high temperatures. PCI
tensile strength of ceramic materials, fracture is a has developed washcoat formulations that are stable
major concern. While a conventional monolith, with in combustion applications at high temperatures by
50-80 cells/crh and aspect ratio (length to channel adding stabilizing elements to the ceramic powders.
diameter,L/d) ~100, is essentially a flat surface in

the axial direction, the Microlith geometry has a

surface with a radius of curvature comparable to the 3. Application of Microlith® substrate to fuel-lean
coating thickness. Therefore, a major achievement catalytic combustion

has been the development of adherent washcoats for

these metal substrates. In addition to adhesion, an- In this section, we will discuss how the inherent
other critical issue with the formation of washcoats properties of short channel length Microftthsub-
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Fig. 6. Schematic diagram of the Microlfthbased reactor used
in the tests under fuel-lean conditions.

Catalyst Sgﬁg}ié: in air for betvyegn 1 and 2h prior to testing wit.h
Serpens methane to eliminate any artifacts due to the testing
of fresh catalysts samples (in this pre-treatment the
last catalyst surface temperature, which was the hottest
( point in the bed was maintained at750°C). Both
) Microlith® reactor behavior and downstream flame
Flow 2‘( combustor performance were investigated. Tests were
inlet c'\; performed at atmospheric pressure and SD0nlet
o temperature with a mixture of methane and air at
= equivalence ratios between 0.2 and 0.8 at a space ve-
: locity of about 8« 10° h—1, corresponding to residence
time of about 0.1 ms.
Fig. 7 shows the performance of the Microffth
TC catalytic reactor. The inlet gas temperature, inlet, and
« 5 mm > exit catalyst surface temperatures and exit gas tem-
perature as measured by thermocouples are shown in
the plot, while the adiabatic temperature was calcu-
lated based on the equivalence ratio of the inlet mix-
ture. It was found that the catalyst temperatures were
strates discussed above can be employed in control-much lower than the adiabatic flame temperatures at
ling the surface temperature during the fuel-lean com- all equivalence ratios. At = 0.3 gradual activation of
bustion of methane. Several approaches to designingthe catalyst was observed, but unlike the usual lightoff
catalytic reactors for gas turbine applications can be process, which occurs almost instantaneously, activa-
found in literature. In the design, referred to as a hy- tion over Microlitf® proceeded over a time interval
brid approach, only a portion of the fuel is combusted of about 30 min. Catalyst temperature still remained
in the catalytic reactor with combustion completed ina much lower than the adiabatic temperature, which in-
downstream combustor zofit0]. To avoid rapid cat- dicates that the reactor is still operating in the kinet-
alyst degradation in this approach, temperature in the ically limited regime. Upon further increase in the
catalytic reactor zone needs to be limited to a value equivalence ratio the reactor surface temperature did
much lower than the adiabatic temperature of the re- not exceed 800C, even atp = 0.8. Under all tested
acting fuel/air mixture. Therefore, limiting the heat re- conditions exit temperature of the gas mixture closely
lease in the catalyst stage while achieving stable and followed catalyst temperature at the end of the bed,
high reaction rate sufficient for adequate preheating which is consistent with extremely high heat transfer
of the gas mixture and for stabilizing the downstream coefficient characteristic of the Microlffhsubstrate.
flame is one of the greatest challenges of catalytic The Microlith® reactor, therefore, demonstrated sta-
combustor design. ble operation over a wide range of operating condi-
Testing of the Microlitf? substrates for catalytic  tions encountered in gas-turbines, preheating the gas
combustion was performed using a reactor comprised mixture to a desirable temperature of about 80Mhut
of a series of screens coated with stabilizealumina never exceeding this temperature on the catalyst sur-
washcoat and Pd-based catalyst with square frontal face.
area of about 6 chand a length 0f0.5 cm, as shown The effect of the Microlit® catalytic combustor
schematically irFig. 6. Catalyst temperature was mea- on flame stabilization was tested by burning the re-
sured by thermocouples inserted and compressed be-actor effluent in a downstream combustion zone and
tween the elements, such that they were in good ther- measuring emissions downstream of the flame. The
mal contact with the catalyst. Several thermocouples combustion zone in this test was essentially a tube
equally spaced through the catalyst bed were usedwith high-temperature ceramic liner and with no ad-
to measure the axial temperature profile. The reac- ditional means for flame stabilization. Emissions data
tor was exposed to a reacting mixture of propylene were collected at 500C inlet using an emissions rack
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Fig. 7. Microlith® catalytic reactor performance under fuel-lean conditiony@Hair, ambient pressure; space velocityx 80°h—1,

equipped with detectors to measure NQChemi- transfer rate of the Microlith substrate and of varia-
luminescent NQ Analyzer), hydrocarbons (flame tion in catalyst activity related to phase transformation
ionization detector), CO (non-dispersive infrared de- of the Pd-based catalyst. This is schematically ex-
tector), CQ (non-dispersive infrared detector) and plained inFig. 8 which shows a profile of the kinetic
oxygen (paramagnetic oxygen analyzer). The results rate for methane oxidation over supported Pd catalyst
of this test are shown ifTable 2 Low amounts of (in units of heat release per unit area) and the upper
CO and UHC even at low equivalence ratio suggest limits on the reaction rate, which is the mass transfer
good flame stabilization by the Microlithcatalytic limited rate, for monolith and Microlith substrates.
reactor. The amount of NOncreases with increasing  Note, that both the kinetic and the mass transfer reac-
¢ due to higher flame temperature, but remains below tion rates depend on the particular conditions of the
10ppm at¢p = 0.5. This also suggests good mixing test, namely methane concentration, catalyst disper-
and stable flame combustion. sion, gas mixture flow rate, etc. Therefore, approxi-

The results of the Microlithi reactor test shows that mate values at some typical reaction conditions are
a Pd-based catalyst support on short channel lengthshown inFig. 8 (note, that the-axis is not to scale). It
substrates retains steady, controlled performance un-has been observed that at low temperatures the rate of
der conditions where catalyst support on conventional methane oxidation over the catalyst in PdO state in-
long channel monoliths, operating without additional creases with an activation energy of about 70 kd/mole
cooling, would “run away” and likely melt down. We  [11]. However, as the temperature increases to about
attribute this effect to the combination of high heat 750°C, PdO starts to decompose, which leads to a sig-

nificant decrease in methane oxidation rate. Once the

Table 2 catalyst is completely reduced, methane oxidation rate
Emissions data from the flame stabilized by Micrdhitheactor over metallic Pd. stgrts to increase again, but at much
(normalized to 15% @) faster rate (activation energy of about 190kJ/mole
[11]) it may exceed the rate obtained over PdO.

¢ CO (ppm) NQ (ppm) Total HC (ppm) Peak kinetic rate for methane oxidation over sup-
0.4 6.3 15 14 ported Pd catalysts can be estimated from the results
8-‘5‘5 i; g-g g-f reported in Ref[12], where for a lean mixture with

3.2% methane concentration flowing at the volumetric
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Fig. 8. Qualitative methane oxidation rate over conventional and Pd-based catalyst. Horizontal lines represent mass transfer limit on the

reaction rate for a long channel monolith and a Micr8littubstrate.

flow rate of about 5 standard liters per minute over
a flat plate catalyst strip of.84 cmx 1.2 cm, about
4% conversion to C®was measured at 75C. This
yields the kinetic reaction rate of about 5 W/&rThe

rate of heat removal from the catalyst surface is deter-

mined by the heat transfer coefficient, which is pro-
portional to mass transfer rate and is much higher for
Microlith® substrates than for monoliths. The max-
imum rates of heat removal from the surface for a
conventional monolith and for Microlifh substrates
are proportional to the mass transfer limited reaction
rates, which are represented Fig. 8 by horizontal
lines. Under the conditions of this test for a conven-
tional 1in. monolith the mass transfer coefficient is
about 10cm/s (se€ig. J). Then for a gas mixture
with 3.2% methane the mass transfer limit on the re-
action rate may be estimated to be about 11 \W/cm
For a Microlitf® with kg ~ 150 cm/s Fig. 4) under

the same conditions the mass transfer limit on the re-
action rate is about 160 W/énTherefore, for reac-
tion over a long channel monolith the kinetic reaction
rate approaches the mass transfer limit at low temper-
atures, while the catalyst is in the PdO state. At this
point reaction becomes mass transfer limited and cat-
alyst temperature instantaneously jumps to the adia-
batic temperature of the gas mixture, which is usually
over 1000°C, as represented by an arrow Fig. 8.
This is consistent with our observations that for con-
ventional long channel monoliths the mass transfer
limited reaction condition is reached at a much lower
temperature and much lower methane oxidation rate
than that obtained for Microlith. As a result of reach-
ing this mass transfer limited condition, conventional
catalysts may “run away” destroying the reactor.

In contrast, mass transfer limited reaction rate over
a Microlith® substrate is much higher than the peak
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reaction rate over the catalyst in the PdO state. There-velocity in the reactor was-10° h—1, which corre-
fore, the mass transfer limited regime is not reached sponds to residence time of 0.5ms. In our tests, up to
in the Microlitf® reactor and the catalyst tempera- 90 SLPM of methane could be passed through a re-
ture stabilizes at the point of peak catalyst activity. If actor having volume of about 10 émiThis amount of
for some reason the catalyst temperature increases bemethane corresponds to a power density of 4 MW per
yond this point, the kinetic rate of reaction drops re- liter of reactor volume.
turning surface temperature back to the stable value. Thermocouples and gas sample probes were placed
Thus specifics of the Pd—PdO transformation in con- along the catalyst bed to measure temperature and gas
junction with enhanced heat and mass transfer ratescomposition profiles as shown Fig. 9. Gas samples
of the Microlith® substrate provide stabilization of the were pulled by the probes out of the catalyst bed at
surface temperature and of the extent of reaction at different axial locations and analyzed by a gas chro-
the desirable level. Oscillations, which are character- matograph. H, Oz, N2, CO, CH,;, and CQ concen-
istic for Pd-based catalyst supported on long channel trations in the mixture were directly measured and
monolith substrates (see for exampl]), were not water concentration was calculated based on atomic
observed over the Microlifh mass balance. Ratio of sum of CO and @ sum of
all carbon species provided methane conversion, while
ratio of CO to CO+ CO, and of B to Hy + H,O
4. Application of Microlith® to fuel-rich provided carbon monoxide and hydrogen selectivity,
reforming processes correspondingly.
Temperature and gas composition profiles along the
In another application a Microlifh based reactor ~ reactor bed are shown iRig. 10 These data show
was tested for reforming methane into CO angl H that all the oxygen is consumed on the very front of
Similar to the combustion reactor, the reactor used in the catalyst bed. This leads to a rapid consumption
this test was about 5mm long andi cm in diameter ~ of methane and very high rate otnd CO produc-
and comprised of Microlith screens coated by stabi- tion. At the point when all the oxygen is consumed,
lized y-alumina supporting Rh catalysEif). 9). Pre-  Which is less than 1 mm into the catalyst bed, d#n-
heated air was mixed with methane to produce the in- centration in the mixture is already about 30% and
let mixture with equivalence ratio between about three CO concentration is about 16%. Some £éhd HO
and five at an inlet temperature of about 400 Space ~ are also produced on the front of the catalyst bed.
Note, that the peak concentration op® (~5%) is
SGehs  Sample  gaskols much faster than gas phase oxidation of CO. Rapid
oxidation on the front of the catalyst leads to high
i T placed between the Microlithscreens shows that the
S St
the Microlith® substrate and catalyst material and is
TC is consumed, the remaining methane is converted in
> slower, endothermic steam, and £@forming reac-
Fig. 9. Schematic diagram of the Microlfthbased reactor used tions. This results in further increase inp land CO

much higher than that of GO~1%). Apparently, this
M i heat release and high temperatures at the inlet section.
‘ ] B (e = much lower than peak temperatures usually expected
in the tests under fuel-rich conditions. concentration with decreasing GOH,O, and CH

actor (1050C), while the temperature decreased to-

wo py @

wards the exit of the reactor({750°C). The peak
temperature however is below the material limits of

AT is due to gas phase oxidation of hydrogen, which is
The temperature profile measured by thermocouples
in partial oxidation of methane. After all the oxygen
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Fig. 10. Temperature and species profile along the Micflitbactor for partial oxidation of methane into syngas: ambient pressure,
¢ = 3.5, v=25m/s, and inlet temperature450°C.

as well as reactor temperature over the rest of the conditions where complete conversion of methane
reactor length, such that thermodynamic equilibrium was achieved, process selectivity to partial oxidation
in the mixture is achieved at the exit of the catalyst products was above 93%.
bed. The dependence of the reactor performance on the
The dependence of the reactor performance on inlet flow rate is shown infable 4 Interestingly, in-
equivalence ratio is shown ifable 3 When the creasing the flow velocity of the feed mixture from
equivalence ratio of the feed mixture is decreased at 2.7 to 6.4m/s had very little effect on the process.
constant flow velocity, the concentration of tand Methane conversion and process selectivity decreased
CO in the product mixture remains almost constant. slightly when the flow velocity was increased by a
Increasing the amount of oxygen in the mixture leads factor of three, however CO and,Htoncentration in
to more methane being burnt into @@nd HO with the product mixture remained practically unchanged.
higher heat release and higher catalyst temperature.Operating the process at the high end of tested flow
Note, though, that essentially complete conversion rates results in production of about 500 kg of syngas
of methane (99.94%) was achieved in the test with per hour per liter of reactor volume and is a major
a peak temperature of only 1100. Even under  improvement over current steam reforming reactors.

Table 3

Dependence of partial oxidation reaction on the equivalence ratio

¢ v T peak Ho CcO H,O CO; CHgy Conversion H, selectivity CO selectivity
(mis)  (°C) (%) (%) (%) (%) (%) (%) (%) (%)

4.4 2.6 985 37.65 18.28 0.65 0.87 3.46 84.70 98.30 95.45

4.0 2.6 1028 38.87 18.58 0.15 0.93 0.85 95.82 99.63 95.23

3.4 2.6 1075 36.43 18.22 2.34 1.17 0.06 99.67 93.96 93.96

3.3 2.6 1100 35.65 17.83 2.66 1.33 0.01 99.94 93.06 93.06
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Table 4

Dependence of partial oxidation reaction on flow rate

¢ v T peak Hay CcO H,O CO, CHg Conversion Hy selectivity CO selectivity
(mis)  (°C) (%) (%) (%) (%) (%) (%) (%)

35 2.7 992 36.20 18.64 2.87 0.90 0.95 95.36 92.64 95.42

3.4 3.7 1007 35.76 18.90 3.71 0.84 1.00 95.19 90.60 95.76

3.6 5.2 1030 36.34 18.64 2.52 0.79 1.15 94.42 93.51 95.95

3.6 6.4 1048 35.86 18.54 2.75 0.76 144 93.07 92.88 96.05

At these high power densities, small pilot size reac- located at the front section of the reactor (at the point
tors are capable of industrial scale product yield. Fur- where all oxygen had just been consumed) was used
ther scaling up of such a process is less complicated to monitor the catalyst activity. Exit gas composition
than it is for traditional chemical reactors as the heat was periodically checked to make sure it did not vary.
and mass transport issues, which usually are the ma- The reactor demonstrated stable performance over
jor challenges in scaling up, are taken into account at 500 h. Variations in temperature and gas composition
the initial stages of reactor development. seen in the plotKig. 11) are primarily due to rig con-

To test the catalysts ability to sustain performance trol artifacts and variations in fuel gas composition.
under extremely high temperatures observed in the The drop and sharp rise in temperature at about 300 h
partial oxidation process, a 500 h durability test was was due to a large fluctuation in air flow due to a failure
performed. Peak temperature and gas composition of the air compressor control system. The feed mixture
plots generated in this test are showrFig. 11 Be- composition crossed over stoichiometric value several
cause equilibrium gas composition is reached at the times before stabilizing at the initial set conditions.
reactor exit, which does not depend on variations in Surprisingly this event did not lead to a meltdown of
the catalyst activity, gas composition from the probe the reactor (consistent with lean methane combustion
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Fig. 11. 500 h durability test over the Microlfthsupported catalyst in reaction of partial oxidation of methane to synjas3.3 before
330h, then 3.5p = 3.3m/s. CH, and H concentration is measured by a probe located 0.7 mm from the front of the catalyst bed.
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— ’ - 7 g of the EDS signal from the in-flow and out-of-flow re-
surface afte 9

gions of the same screen did not reveal any loss of no-
ble metal, which suggests that restructuring occurred
without significant metal vaporization. The washcoat
was adherent even in the hottest portions of the reac-
tor. In spite of severe sintering, catalyst performance
at the end of the 500 h test remained essentially un-
changed and the gas mixture at the exit from the re-
actor still remained at equilibrium composition. Thus,
catalyst life can be safely extrapolated to much longer
operation.

Catalytic partial oxidation has been investigated by
many groups of researchers both in academia and
in industry [13-16] Controversy about the mecha-
Fig. .12. SEM micrograph othe_first Microli‘?hscr_een after 500 h nism of methane partial oxidation to syngas still ex-
test in reaction of partial oxidation of methane into syngas. ists. Schmidt and coworkef47] argue that methane

is directly converted into bland CO; Lunsford and

coworkers[13] and Baerns and cowork§t8,19] ar-
experience) or even to severe loss of catalyst activ- gue that the process goes through a complete oxida-
ity. A small increase in peak temperature from 1050 tion step followed by a reforming step, while Wang
to 1100°C resulted from this controller malfunction. and Ruckensteifj20] argue that the mechanism of
This increase in temperature was later compensated bythis process is dependent on the loading of the cata-
increasing the equivalence ratio of the mixture from lyst and the reaction temperature. In our work, anal-
3.3 to 3.5. This change in the inlet mixture compo- ysis of gas composition on the very front of the cat-
sition caused slight decrease in methane conversionalyst bed, before all the oxygen has been consumed,
and hydrogen yield, which then remain steady at the demonstrated that both partial and complete oxidation
new level Fig. 11). The temperature step atl70h, products are formed. High levels of CO and were
occurred after switching the reactor feed from pure detected on the very front of the catalyst bed, just af-
methane to natural gas (which has fractions of higher ter a few Microlit® screens, in the region where the
hydrocarbons) and the sharp decrease in temperaturecontact time is below 0.1 ms and high concentration
at ~430 h was due to switching the feed back to pure of oxygen is still present in the gas phase, suggesting
methane. The gradual increase in peak temperaturea direct partial oxidation mechanism. Residence time
from 330 to 430 h was likely due to a slow change in in this region is too short for reforming reactions to
the fuel gas composition, which may be attributed to be able to produce high amounts of CO ang espe-
fractionation of gas components or presence of liquid cially taking into account the low levels of GGnd
phase hydrocarbons in the fuel tank (a single tank of H,O present on the front of the catalyst bed. On the
gas was used during this period of time). Similar phe- other hand the initial rise of Cand HO concen-
nomenon of slow drift in catalyst temperature during tration in the front section of the reactor followed by
the prolonged run from a single fuel tank and of sharp their consumption in the back section suggests that
change in temperature when switching the tanks was some CO and Hare also formed through the indirect
also observed in other similar experiments. This sug- mechanism.
gests sensitivity of the process to the feed gas compo- Apparently, on the front of the reactor both par-
sition, with pure methane providing higher selectivity tial oxidation (5) and complete oxidation (6) reactions
and lower catalyst temperatures than natural gas. proceed in parallel. In addition to surface reaction,

SEM analysis of the sample from the 500 h durabil- complete oxidation products can result from gas phase
ity test shown inFig. 12indicate that the catalyst had oxidation of CO and K formed in reaction (5):
sintered resulting in large, micron-size crystallites cov- 1
ering the whole surface of the substrate. Comparison CH4 + 302 = CO+2H;  — 36kJymole ®)
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Fig. 13. Correlation between adiabatic temperature and selectivity for partial oxidation of methane (based on thermodynamic calculations
for methane/air mixture with equivalence ratio of 3.5 and inlet temperature ofGR7

CHs +20; - COz +2H, 0 — 802kImole  (6) The plot shown inFig. 13 was obtained by thermo-
dynamic calculations of adiabatic temperature rise
Generally speaking, independent of the process occur-from the initial mixture of methane and air at= 3.5
ring at the front of the catalyst bed, reaction products and T = 527°C to the final mixture with composi-
would equilibrate through the rest of the reactor, such tion determined by a given selectivity and complete
that the same final mixture is obtained. It is quite ob- consumption of the limiting reactant. From the mass
vious, though, that the indirect mechanism would lead balance it can be calculated that achieving complete
to much higher heat release and much higher temper-conversion of methane with 100% selectivity to par-
atures on the front of the catalyst bed, than the direct tial oxidation products is possible only at= 4.0.
mechanism. This would result in higher thermal stress At equivalence ratio of 3.5, the maximum possible

and faster degradation of the catalyst. selectivity (at which complete consumption of both
Dependence of the catalyst temperature on the pro- methane and oxygen occur) is 0.95.
cess selectivity is demonstrated Fig. 13 Catalytic Local selectivity, and therefore adiabatic temper-

oxidation reactions are very fast and are mass transferature, on the front of the catalyst bed is determined
limited. Under such conditions surface temperature by the relative rates of reactions (5) and (6) (kinetic
reaches the adiabatic temperature of the gas mixtureselectivity). The discrete nature of the Microftth
for the whole length of the catalyst bdd0]. For substrate suggests low thermal conductivity in the ax-
fuel-lean mixtures adiabatic temperature is uniquely ial direction. Therefore, local surface temperature is
determined by the fuel concentration in air, as only re- determined by local kinetic selectivity of the process
action (6) takes place. For fuel-rich mixtures, though, rather than by the overall thermodynamic selectivity of
both reactions can proceed simultaneously and adi- the final product. This is also consistent with the high
abatic temperature becomes a function of processtemperature gradients observed in the reactor. From
selectivity. For a given selectivity (assuming same se- Fig. 13we find that in order to limit the catalyst tem-
lectivity for CO and H) composition of the product  perature at the front end of the reactor to 11GCthe
mixture can be found from a mass balance and the ratio of the rate of reaction 5 and 6 should be higher
adiabatic temperature becomes uniquely determined.than about 0.9 (selectivity of 90%). At lower kinetic
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selectivity catalyst temperatures become extremely peak temperatures in the catalytic bed allow achieving
high such that catalyst loss through volatility becomes durable reactor operation.
a problem even for ceramic substrates which would
additionally suffer from extremely high thermal stress.

This analysis suggests that in order to lower the peak Acknowledgements
temperature in the partial oxidation process complete
oxidation reactions should be suppressed and partial We acknowledge the US National Science Foun-
oxidation reactions promoted on the front of the cat- dation’s support in conducting a significant portion of
alyst bed. Surface reaction on the catalyst producesthis research. Any opinions, findings, and conclusions
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and KO [17]. Therefore, high rate of reactants trans- views of the National Science Foundation.
fer to the catalyst combined with high surface area
and hence, high activity of the catalyst, which are pro-
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